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Abstract

The operating cost of a multicomponent distillation system comprises two major

aspects: the overall heat duty requirement and the temperature levels at which the

heat duties are generated and rejected. The second aspect, often measured by the

thermodynamic efficiency of the distillation system, can be quantified by its total

exergy loss. In this article, we introduce a global optimization framework for deter-

mining the minimum total exergy loss required to distill any ideal or near-ideal mul-

ticomponent mixture using a sequence of columns. Desired configurations identified

by this new framework tend to use milder-temperature reboilers and condensers and

are thus attractive for applications such as heat pump assisted distillation. Through a

case study of shale gas separations, we demonstrate the effectiveness of this frame-

work and present various useful physical insights for designing energy efficient distil-

lation systems.

K E YWORD S

distillation configuration, exergy analysis, global optimization, multicomponent distillation,

thermodynamic efficiency

1 | INTRODUCTION

Distillation is an important separation process that accounts for most

separations in chemical process industries.1 It deals with some of

world's largest and most profitable industrial separations, such as

crude oil fractionation, hydrocarbon separations from steam cracking,

and natural gas liquids (NGLs) separations. For separating a mul-

ticomponent mixture containing n components into its individual con-

stituents, a sequence of distillation columns also known as a

distillation configuration are generally needed. The most widely

implemented group of configurations in practice uses exactly n − 1 dis-

tillation columns. We refer to this group of configurations as the regu-

lar-column configurations.2 Regular-column configurations can be

categorized as either basic or thermally coupled. In a basic configura-

tion, each column is associated with one reboiler and one condenser.3

But in a thermally coupled configuration, one or more intermediate

reboilers and/or condensers associated with intercolumn submixture

transfers (i.e., heat exchangers that do not produce final pure prod-

ucts) are replaced by two-way vapor–liquid communications known

as thermal couplings. Regular-column configurations can also be clas-

sified as either sharp split configurations or non-sharp split configura-

tions.4 A split represents the separation of a mixture into two product

streams. Sharp splits produce product streams with no overlapping

components, whereas non-sharp splits produce product streams with

a non-negligible amount of overlapping components. Sharp split con-

figurations contain only sharp splits, and non-sharp split configura-

tions contain one or more non-sharp splits.

The number of regular-column configurations increases combina-

torially as the number of components in the feed increases.5 As a

result, the complete enumeration of the search space containing all

regular-column configurations has been a challenge for decades. In an

early approach, Thompson and King6 provided a method to generate

all sharp split configurations. Sargent and Gaminibandara7 presented a

superstructure framework to include both sharp and non-sharp split
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configurations, but this framework did not cover all feasible configura-

tions. Agrawal8 then proposed a superstructure and discovered a new

class of configurations with all columns other than the main feed col-

umn being placed around the main feed column in a satellite-like

arrangement. However, the problem of complete enumeration of all

regular-column configurations remained unsolved until Agrawal3 pro-

posed a rule-based enumeration approach, which laid the foundation

for subsequent approaches by Caballero and Grossmann,9 Ivakpour

and Kasiri,10 and finally, by Shah and Agrawal.5 Specifically, Shah and

Agrawal5 developed a simple and elegant step-wise procedure, also

known as the SA method,11 to systematically enumerate the complete

search space of all sharp and non-sharp split basic and thermally

coupled regular-column configurations.

These regular-column configurations, although all performing the

same separation task using the same number of distillation columns,

can have very different capital and operating costs. In particular, the

operating cost or energy consumption of a distillation configuration

comprises two major aspects: the total reboiler heat duty require-

ment, which is proportional to the sum of vapor flows generated at all

reboilers per unit time, as well as the temperature levels at which the

heat duties are generated by the reboilers and rejected by the con-

densers.12 The first aspect is associated with the first-law heat-duty

demand of a distillation configuration, whereas the second aspect is

closely related to the heating and cooling utility costs (second-law

temperature-level costs) of the reboilers and condensers. Here, we

clearly distinguish the difference between “energy” and “heat.”

Although most people have been primarily focusing on the absolute

value of overall heat duty needed in a configuration, less attention has

been paid on the temperature levels at which the generation and

removal of heat duties occur, that is, the qualities of the heat duties.

Failure to recognize and consider both aspects may lead to the design

of inefficient distillation systems.12,13

Thermodynamic efficiency analysis is a useful tool to evaluate the

energy performance of a multicomponent distillation system.14,15 One

of the classic industrial examples that illustrates the importance and

potency of thermodynamic efficiency analysis is the separation of air

into high purity nitrogen, oxygen, and argon products. This separation,

which is conducted at cryogenic conditions, is primarily driven by work

instead of heat. Thus, the thermodynamic efficiency of this process is

characterized using the following definition:16

η=
minimumwork of separation

total work of separation
ð1Þ

Under this definition of Equation (1), Agrawal and Fidkowski12

based on an earlier important observation by Agrawal and Herron17

that it was possible to derive thermodynamic efficiency expressions

for binary separations without explicit knowledge of reboiler and con-

denser temperatures, extended the method to calculate the thermo-

dynamic efficiency for each of the three ternary thermally coupled

configurations shown in Figure 1. In this figure, and also in all subse-

quent figures, capital letters A, B, C, and so on represent pure compo-

nents with their volatilities decreasing in alphabetical order. It is

determined that the side-rectifier configuration of Figure 1b has the

highest thermodynamic efficiency of 44.52%, which is consistent with

the industrial practice for argon recovery that has been in use for over

85 years.18 However, the three-component fully thermally coupled

(FTC) Petlyuk configuration19 of Figure 1c, which is known to always

have the lowest total heat duty requirement among all configurations,

has only 1/3 the thermodynamic efficiency of the side-rectifier con-

figuration. This is because, although the FTC configuration requires

the lowest possible heat duty, all the heat is generated at the highest

temperature reboiler (i.e., reboiler at C of Figure 1c) and removed at

the lowest temperature condenser (i.e., condenser at A of Figure 1c).

Thus, it is not surprising that, in spite of many attempts trying to

improve the energy efficiency of the FTC configuration,20 it has not

found any successful application in cryogenic air separation. In fact,

for ternary separations, the range of feed conditions under which the

FTC configuration has a higher thermodynamic efficiency than other

configurations turns out to be quite limited.12 Flores et al.21 also

reached similar conclusions when considering a set of cases involving

ternary and quaternary separations.

The usefulness of thermodynamic efficiency analysis is not only

limited to cryogenic separations but also in applications such as heat

pump assisted distillation, multi-effect distillation, heat-integrated dis-

tillation, vapor recompression distillation, and so on. These applica-

tions may or may not have to be operated at subambient conditions.
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F IGURE 1 (a) Indirect split thermally coupled configuration, which is equivalent to the side-stripper scheme; (b) direct split thermally coupled
configuration, which is equivalent to the side-rectifier scheme; (c) the fully thermally coupled (FTC) Petlyuk column.19 The thermodynamic
efficiencies for these configurations are determined by Agrawal and Fidkowski.12 In this example, A = nitrogen, B = argon, and C = oxygen
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It is worth pointing out that the definition of thermodynamic effi-

ciency of Equation (1) is more accurate and reasonable than various

other definitions1,22 where minimum work of separation is directly

compared to the total heat supplied to the reboiler, which implicitly

assumes that this heat cannot be reused anywhere else once it gets

removed by the condenser. This underlying assumption is clearly inac-

curate for the applications listed above and for highly integrated

plants where the rejected heat is often used elsewhere. In fact, the

thermodynamic efficiency of distillation process calculated based on

such definitions is usually abnormally small and can never reach 100%

even for a fully reversible process,23,24 which often leads to the

misconception that distillation is always inefficient to operate com-

pared to other separation processes such as membranes. The defini-

tion of Equation (1), however, captures the true thermodynamic

efficiency of the distillation process itself.

The total work of separation in the denominator of Equation (1) is

often explicitly expressed as the sum of minimum work of separation

and exergy loss of the process:15,16,25-27

total work of separation=minimumwork of separation+ exergy loss

ð2Þ

The exergy of a stream is equal to the maximum work obtainable

when it is brought to the reference conditions via a reversible path.28

To understand this, consider the schematic diagram of Figure 2, in

which two equal quantities of heat duty QH (QC) at two different tem-

peratures above (below) the reference point are brought to the refer-

ence condition using reversible heat engines (reversible heat pumps).

Combining the first and the second law of thermodynamics, one can

easily show that the work outputs from the reversible heat engines

(heat pumps) are given by:

WH =QH 1−
T0

TH

� �
>W0

H =QH 1−
T0

T0
H

� �
>0

WC =QC 1−
T0

TC

� �
<W0

C =QC 1−
T0

T0
C

� �
< 0

ð3Þ

in which a negative work output (i.e., WC or W0
C) simply means that

work input is required to “pump” the heat QC from a lower tempera-

ture level TC or T0C to the reference temperature T0. From Equation (3),

one can readily see that for the same amount of heat at different tem-

perature levels, the one at more extreme temperature produces or

requires more work (exergy) than the one at a milder temperature.

Thus, we can determine the thermodynamic efficiency of the distilla-

tion process itself based on the exergy loss within the distillation col-

umn, which can be characterized by the temperature level at which

the reboiler and condenser are operated.16,17

Agrawal and Herron17 applied the concept of exergy analysis to

determine the optimal thermodynamic efficiency of a distillation col-

umn separating ideal binary mixtures for several feed conditions and

relative volatilities. Following the simplifying assumptions of ideal

vapor–liquid equilibrium relations, constant relative volatilities, and

constant and equal latent heats of vaporization for both components

over the operating temperature range of the column, the authors

made a groundbreaking discovery that temperatures do not appear

explicitly in the final efficiency expressions.17 Based on this finding,

Agrawal and Herron29 analyzed the optimal placement of an interme-

diate reboiler and/or intermediate condenser in a binary distillation

column and derived several heuristics.30 Although previous studies

have been centered on binary mixture distillations, Agrawal and

Fidkowski23 also studied the thermodynamic efficiencies for conven-

tional as well as “improved” direct and indirect split basic configura-

tions for ternary mixture separations. As shown in Figure 3, the

improved configurations modify the reboiler and condenser associ-

ated with interconnecting stream between the two distillation col-

umns (also called submixture) to simultaneously produce two streams

with the same composition, one as saturated liquid and the other as

saturated vapor, that enter the next distillation column as feed. Using

modified reboilers and condensers at submixtures locations reduces

the total exergy loss of the distillation process.23,31 Agrawal and

Fidkowski13 later extended their earlier idea23 to analyze the thermo-

dynamic efficiencies of ternary direct and indirect split thermally

coupled configurations. However, since then, there have not been

many attempts in the literature to further generalize this methodology

to systematically account for distillation configurations that separate

four or more components.

Because the size of regular-column configuration search space

quickly explodes as the number of components in the feed

increases,5,32 it becomes too computationally expensive to possibly

perform total exergy loss calculations for each configuration in the

search space using process simulators such as Aspen Plus. One almost

always needs to formulate an optimization problem that can be

Reference condition 0

Temperature

>

| | > | |

RHE
RHE

RHP

RHP

F IGURE 2 For the same amount of heat QH at two different
temperature levels (TH > T0H) above the reference temperature T0, the
one at TH generates more workWH from the reversible heat engine
(RHE) than the one at T0H when both heats are brought to T0
(WH > W0

H > 0). Similarly, for the same amount of heat QC at TC and
T0C (TC < T0C) which are lower than T0, the one at the lower
temperature TC requires more work input from the reversible heat
pump (RHP) than the one at T0C when they are brought to T0
(WC < W0

C < 0) [Color figure can be viewed at wileyonlinelibrary.com]
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quickly solved to explore the entire search space within a reasonable

amount of time to identify one or a set of energy efficient configura-

tions for a given separation task. The search for the global optimal

configuration in the entire search space can be carried out using two

distinct approaches. The first approach is to formulate the optimiza-

tion problem as a single mixed-integer nonlinear programming

(MINLP) problem.9,33 If successful, this MINLP-based approach can

find the global optimal solution without enumerating all the configura-

tions in the search space. However, for many cases, the resulting

MINLP could not be solved to global optimality due to various conver-

gence difficulties.33 Despite various attempts to tackle these issues,

including proposing an alternative algorithm based on a modified ver-

sion of logic-based outer-approximation algorithm33 and decomposing

the optimization problem into subproblems followed by introducing

an iterative optimization procedure to solve them,9 the MINLP-based

approach still fails to guarantee global optimality.34

Besides the MINLP-based approach discussed above, a fundamen-

tally different approach to search for the optimal distillation configura-

tion is to first synthesize the complete search space, followed by

formulating an optimization problem for each configuration in the sea-

rch space. This is also known as the enumeration-based approach.35

Recently, Nallasivam et al.36 developed an enumeration-based global

minimization algorithm (GMA) to minimize the total reboiler vapor

duty requirement for each basic and thermally coupled regular-column

configuration synthesized by the SA method.5 In the GMA approach,

the optimization for each configuration is formulated as a nonlinear

programming problem (NLP) and can be solved to global optimality

using a global solver, such as BARON37 in a matter of seconds.

A number of strategies, such as parallelization and bound tightening

techniques,36 can further bring down the computational time signifi-

cantly. Later, Jiang et al.34 extended the GMA framework and intro-

duced an enumeration-based global optimization algorithm for

determining the minimum cost of multicomponent distillation configu-

rations. The objective of this article is to develop the first general

global optimization algorithm that minimizes the total exergy loss

(i.e., maximizes thermodynamic efficiency because the minimum work

of separation in Equation (1) is a constant if feed and product specifi-

cations are known) for any regular-column distillation configuration.

This NLP-based algorithm is referred to as the Global Minimization

Algorithm for Exergy, or simply GMAE.

In the GMAE formulation, the majority of the GMA framework 36

is retained; additional exergy related relations and constraints are

added as will be explained in the next section. Once the complete

GMAE framework is introduced, we will examine a five-component

case study involving recovery and fractionation of natural gas liquids

(NGLs) to demonstrate the usefulness and robustness of the GMAE

approach. By investigating several representative configurations in

detail, we obtain physical insights behind how their construction

translates into their performance and show how these insights can

generate useful heuristics and guidelines for process engineers to

identify energy efficient configurations. Next, several process intensi-

fication strategies will be considered to further improve the thermo-

dynamic efficiency, eliminate equipment pieces, and save capital cost

of a distillation configuration.

2 | NLP FORMULATION

Any optimization problem is described by the decision variables, the

objective function, and the constraints. In the GMAE formulation, all

the decision variables and constraints from the GMA framework are

retained. The details of NLP formulation, along with the enumeration

procedure and the bound tightening strategies, have thus been explic-

itly elucidated in Nallasivam et al.36 In particular, we use the Under-

wood's method for minimum vapor duty calculations in each column

section.38 This implies that the GMAE model is constructed based on

the same underlying assumptions as the GMA model, that is, ideal

vapor–liquid equilibrium, constant relative volatility, as well as con-

stant and equal latent heats for all components throughout the distil-

lation columns.36 Despite having to make these assumptions to

simplify the model, it is found that the GMA approach still gives very

accurate total reboiler duty estimates; this observation was made by

comparing the results to those obtained by performing rigorous Aspen

Plus simulations for zeotropic multicomponent separations using real

thermodynamic models.39

Instead of using the total reboiler vapor duty requirement as in

the GMA framework, the objective function for the GMAE is to mini-

mize the total exergy loss Δεloss for all distillation columns in a config-

uration. To formulate the Δεloss expression of an arbitrary distillation

configuration, we first consider an example configuration shown in

Figure 4 involving four-component mixture separation. The

(a) (b) (c) (d)

F IGURE 3 (a) A conventional submixture condenser; (b) modified condenser configuration generating two feed streams to the next column;
(c) conventional submixture reboiler; (d) modified reboiler configuration producing two feed streams to the next column. Orange dashed lines
indicate vapor flows and blue solid lines indicate liquid flows [Color figure can be viewed at wileyonlinelibrary.com]
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configuration of Figure 4a uses conventional heat exchangers at sub-

mixtures ABC and BCD, each producing one single-phase stream

which then enters the next distillation column. However, the configu-

ration of Figure 4b adopts the modified heat exchanger configurations

at submixtures ABC and BCD following Figure 3 to simultaneously

produce two streams with the same composition but different phases

to enter the next column. In the GMAE model, users have the flexibil-

ity to specify either submixture heat exchanger scheme.

For illustration, let us examine the improved configuration of

Figure 4b whose control volume for exergy loss calculation is explic-

itly drawn in Figure 4c. To calculate the total exergy loss of the dis-

tillation process alone for this configuration, only the exergy losses

associated with material streams entering and leaving the distillation

columns are considered. Exergy gains and losses of utility streams

within the reboilers and condensers are excluded from the calcula-

tions. This is reflected in Figure 4c in which the dashed green boxes

around all heat exchangers are subtracted from the region enclosed

by the large green box around the configuration. Notice that the

material streams entering and leaving the reboilers and condensers

are still included in the control volume. The objective function is

simply to minimize the total exergy loss of the distillation process

Δεloss, which is the difference between the exergies associated with

all material inflows and the exergies associated with all material out-

flows of the control volume:

min Δεloss = εABCD−
XD
i=A

εi +
X
i2REB

εi, in−εi,out
� �

+
X

i2COND

εi, in−εi,out
� �

, ð4Þ

in which εABCD is the exergy of the main feed stream ABCD, and the

sets REB and COND, respectively, store the indices of streams

associated with reboilers and condensers, including the ones pro-

ducing final pure products. In this example, REB = {BCD,D} and

COND = {ABC,A,B}.

Each exergy term in the objective function of Equation (4) is con-

tributed by the exergy associated with mixing (εM), thermal (εT), and

pressure (εP) exergy associated with temperature and pressure change

from the reference state to the saturated liquid state, as well as

thermal exergy as a result of phase change (εϕ). This means that

ε = εM + εP + εT + εϕ. For pure components, εM = 0, and for any satu-

rated liquid stream, including any final product stream which are taken

at saturated liquid state as shown in Figure 4, εϕ = 0. When a material

stream of one phase undergoes phase change inside a reboiler or con-

denser, the only contributor to the exergy difference is the thermal

exergy associated with phase change. This exergy difference between

a saturated liquid stream and a saturated vapor stream with the same

composition, temperature, and pressure is given by:28

For pure component stream i : εvapi −εliqi = FiΔH 1−
T0

Ti

� �

For mixture stream i : εvapi −εliqi = FiΔH
ð1
0

1−
T0

Ti

� �
dq,

ð5Þ

where ΔH is the molar latent heat of vaporization used to represent

the multicomponent system (recall the constant and equal latent heat

assumption for all components), Fi is the molar flow rate of material

stream i, T0 is the reference temperature, q stands for the thermal

quality (liquid fraction) of the stream. Notice that integration is

required when computing the exergy difference for a mixture stream

i because its temperature Ti varies during phase change and is a func-

tion of the thermal quality q of the stream. However, for pure compo-

nent streams, the expression simplifies because the temperature of

the component remains constant during phase change.

Also, through extensive calculations for various mixtures, it is

found numerically that the thermal or pressure exergy associated with

a multicomponent mixture stream at its saturated liquid state is

approximately equal to the sum of thermal or pressure exergies of the

individual components at their saturated liquid states.12,23 Combining

this reasonable simplification with Equation (5) gives the exergy differ-

ence between the main feed stream ABCD with thermal quality of qF

and the sum of exergies of final product streams, that is, pure A, B, C,

and D as shown in Figure 4c:

εABCD−
XD
i=A

εi = FABCD RT0

XD
i=A

zi,F lnzi,F +ΔH
ð1
qF

1−
T0

TABCD

� �
dq

" #
, ð6Þ

(a)

ABCD

ABC

1
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2

D

A

BCD
3
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C

CD
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2
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3
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1
BC

2

D

A

BCD
3

B

C

CD

(b) (c)

F IGURE 4 (a) An example configuration for four-component separation; (b) an improved configuration of (a) using modified reboiler at BCD
and modified condenser at ABC following Figure 3; (c) the same configuration of (b) highlighting the control volume for exergy loss calculations.
The control volume is defined as the large solid green box around the entire configuration followed by subtracting all the small regions enclosed
by dashed green boxes around all reboilers and condensers to indicate that exergy losses associated with heat exchangers are excluded from the
control volume [Color figure can be viewed at wileyonlinelibrary.com]
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in which FABCD =
PD

i=AFi is the total molar flow rate of feed ABCD, R is

the universal gas constant, and zi,F = Fi/FABCD is the net composition

of component i in the main feed. The quantity FABCDRT0
PD

i=Azi,F lnzi,F

can be viewed as the exergy of a hypothetical mixture that has the

same flow rate and composition as ABCD but is in saturated liquid

state, subtracted by the sum of exergies of final pure products which

are withdrawn as saturated liquid streams. The magnitude of this quan-

tity exactly corresponds to the minimum work of separation in Equa-

tion (2) per unit time, which is also equal to the Gibbs free energy

change of mixing for an ideal solution.40 The integral term

FABCDΔH
ð1
qF

1− T0
TABCD

� 	
dq is instead derived from Equation (5) and is

the exergy difference between the main feed stream ABCD and the

hypothetical mixture. Substituting Equations (5) and (6) into (4) yields:

Δεloss = FABCDRT0
PD
i=A

zi,F lnzi,F + FABCDΔH
ð1
qF

1−
T0

TABCD

� �
dq

+
P

i2REB
BiΔH

ð1
0

1−
T0

Ti

� �
dq−

P
i2COND

DiΔH
ð1
0

1−
T0

Ti

� �
dq

ð7Þ

where Bi and Di stand for the material flow rates that enter the

reboiler and condenser associated with stream i, respectively.

Before simplifying Equation (7), we would like to introduce an

alternative approach to derive the total exergy loss expression based

on simple physical intuitions. From the control volume drawn in

Figure 4c and Equation (3), one can easily see that the quantityP
i2REB

εi, in−εi,out
� �

+
P

i2COND
εi, in−εi,out
� �

in the objective function of

Equation (4) is nothing but the excess total reversible heat pump work

needed to condense and boil the streams after utilizing all the heat

duties removed by the condensers to supply heat duties required by

the reboilers in the configuration. This analogy between exergy loss

and reversible heat pump work makes the derivation of Equation (7)

easier and more intuitive. First, we may bring all the condenser duties

to the reference temperature T0 using reversible heat pumps. Notice

that without loss of generality, we have assumed here that T0 is higher

than the boiling point of the heaviest component, TD. From Figure 2

and Equation (3), the total reversible heat pump work input associated

with condenser duties, denoted as HPWCOND, is simply:

HPWCOND =
X

i2COND

DiΔH
ð1
0

T0

Ti
−1

� �
dq:

Of course, HPWCOND is more than what is needed to supply the

reboiler duties at Ti, i 2 REB, which are all lower than T0. Thus, in the

next step, we need to determine the excess reversible heat pump

work that needs to be subtracted from HPWCOND to obtain the true

work requirement. And this excess work is simply the work input

required to pump all the reboiler duties to T0 reversibly:

HPWREB =
X
i2REB

BiΔH
ð1
0

T0

Ti
−1

� �
dq:

As a result, the true reversible heat pump work requirement, that

is, the quantity
P

i2REB
εi, in−εi,out
� �

+
P

i2COND
εi, in−εi,out
� �

, is:

HPWCOND−HPWREB =
X

i2COND

DiΔH
ð1
0

T0

Ti
−1

� �
dq

−
X
i2REB

BiΔH
ð1
0

T0

Ti
−1

� �
dq,

which matches with the related terms in Equation (7) exactly.

Next, to simplify Equation (7), we follow the procedure of Agrawal

and Herron17,29,30 to perform an overall enthalpy balance on the con-

trol volume, which suggests that the sum of condenser duties must

equal the sum of reboiler duties as well as the heat input required to

vaporize a portion of the main feed stream to the specified thermal

quality qF:

X
i2COND

DiΔH=
X
i2REB

BiΔH+ 1−qFð ÞFABCDΔH,

which can also be expressed as:

X
i2COND

DiΔH
ð1
0
dq=

X
i2REB

BiΔH
ð1
0
dq+ FABCDΔH

ð1
qF

dq: ð8Þ

Now, multiplying both sides of Equation (8) with a constant factor

1− T0
TD

and substituting the resulting expression into Equation (7) gives:

Δεloss = FABCDRT0
PD
i=A

zi,F lnzi,F −FABCDT0ΔH
ð1
qF

1
TABCD

−
1
TD

� �
dq

−T0
P

i2REB
BiΔH

ð1
0

1
Ti
−

1
TD

� �
dq+ T0

P
i2COND

DiΔH
ð1
0

1
Ti

−
1
TD

� �
dq:

ð9Þ

Although the total exergy loss expression of Equation (9) does

involve temperature, in the context of the GMAE model assumptions,

the Clausius-Clapeyron relation actually implies that the need for tem-

perature calculations can be completely eliminated.17,41,42

For pure component i : ΔH
1
Ti

−
1
TD

� �
=R lnαi

For mixture stream i : ΔH
1
Ti

−
1
TD

� �
=R ln

PD
j=A

αjxj, i

 !
,

ð10Þ

where αj is the relative volatility of component j with respect to the

heaviest component D, and xj,i is the liquid mole fraction of compo-

nent j in stream i. Note that in the derivation of Equation (10), pres-

sure drops within the distillation system have been neglected. This

simple but powerful result allows us to reformulate the objective

function of Equation (9) for every distillation configuration by using

only the decision variables introduced in the GMA framework.

Substituting Equation (10) into Equation (9), the total exergy loss of

the entire configuration of Figure 4c, normalized by a factor of RT0,
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can now be expressed using material stream composition variables

alone:

Δεloss
RT0

= FABCD
PD
i=A

zi,F lnzi,F −FABCD

ð1
qF

ln
PD
j=A

αjxj,ABCD

 !
dq

−BBCD

ð1
0
ln

PD
j=A

αjxj,BCD

 !
dq+DABC

ð1
0
ln

PD
j=A

αjxj,ABC

 !
dq

+DA lnαA +DB lnαB

ð11Þ

Observe that the above relation does not require explicit knowl-

edge about any reboiler or condenser temperature!17,29,30

Again, we remind the reader that xj,i in Equation (11), the liquid

phase composition of component j in submixture stream i with a net

material composition of zj,i, is a function of thermal quality q which is

governed by the phase equilibrium as:

zj, i = qxj, i + 1−qð Þ αjxj, iPD
k =A

αkxk, i

i2 ABC, BCDf g ð12Þ

To evaluate the integrals in Equation (11) numerically, we find

that the two-point Gaussian quadrature method,43 which approxi-

mates a definite integral of a function as a weighted sum of func-

tion values at two specific points, is sufficiently accurate for all

practical cases that we have encountered. In other words, we

replace each integral term in Equation (11) with the weighted sum

of the integrand evaluated, by solving Equation (12), at two repre-

sentative thermal quality values. Equation (12) is written out and

solved at the two thermal quality values for every component, and

the resulting set of solutions of liquid compositions can be

substituted to evaluate the integrand to approximate the

corresponding exergy loss term.

For higher accuracy, three-point or even higher Gaussian quadra-

ture formula can be used. Nevertheless, as the number of weights

used increases, the number of variables and nonconvexities also

increase rapidly, unnecessarily making the GMAE formulation harder

to solve to global optimality. In this case, there definitely exists a

trade-off between numerical accuracy and the complexity of the

problem, and an appropriate balance is needed. With this, the GMAE

model formulation is now finalized. The NLP problem for each and

every configuration synthesized by the SA method 5 is solved in

GAMS using global solver BARON.37 In the next section, we will

examine an example involving shale gas separations in detail to illus-

trate the reliability and robustness of the GMAE framework as well as

to generate some useful insights into the design and retrofit of energy

efficient distillation configurations.

3 | CASE STUDY—NGL RECOVERY AND
FRACTIONATION

The recent shale gas boom has transformed the energy landscape of

the world, especially in the United States. Apart from methane and

nitrogen, shale resources contain a substantial amount of natural gas

liquids (NGLs), including ethane, propane, n-butane, i-butane, and

other heavier hydrocarbons.44 After acid gas removal and dehydra-

tion, the shale gas stream undergoes a series of separation steps using

distillation to recover natural gas (mostly methane and a small amount

of nitrogen) for storage or transport, as well as individual components

of NGLs for downstream processing. In this study, we consider the

NGLs' recovery and fractionation process for a typical shale gas

stream produced from the Eagle Ford basin in Texas Shale Plays at a

flow rate of 5,000 kmol/hr. Specifically, we consider the complete

separation of five major components in the shale gas, namely natural

gas (methane and nitrogen), ethane, propane, butane, and pentane

(plus heavier hydrocarbons), which are respectively denoted as

components A, B, C, D, and E. These pure components are finally pro-

duced as saturated liquid streams. After acid gas removal and dehy-

dration, the shale gas is sent to the distillation trains as a saturated

vapor feed. The molar composition of these five components in a typi-

cal shale gas stream in Eagle Ford can be found in He and You,45 and

the relative volatility information is obtained from Aspen Plus using

Peng-Robinson equation of state model. These feed specifications are

summarized in Table 1. The reference temperature T0 is taken as the

ambient temperature of 298 K.

In our enumeration based GMAE algorithm, a total of 6,128 inde-

pendent NLP problems are automatically formulated in MATLAB for

the corresponding 6,128 possible regular-column configurations gen-

erated from the five-component separation search space by the SA

method.5 Once formulated, each NLP problem is sent to GAMS via

the GAMS/MATLAB interface 46 after which it is solved in GAMS

using the BARON solver.37 BARON intrinsically derives convex relaxa-

tions for standard bilinear and fractional nonlinear functions.47 These

convex relaxations are used by the solver to arrive at the global opti-

mal solution. All 6,128 configurations are solved to global optimality

(≤1% duality gap) within 4.54 hr of CPU time in a Dell OptiPlex 5040

desktop (Intel Core i7-6700 processor @ 3.40 GHz, 16 GB RAM,

64-bit Windows 7 OS) that simultaneously utilizes all four of its physi-

cal cores with the help of parfor functionality in MATLAB's Parallel

Computing Toolbox.

Current industrial practices for NGLs' recovery and fraction-

ation have been using the classic basic direct-split configuration

drawn in Figure 5a. The GMAE determines that the minimum total

exergy loss for this configuration is 5,775.46 MJ/hr (1.604 MW),

and the corresponding reboiler vapor duty is 4,397.17 kmol/hr

TABLE 1 Feed specifications for a typical shale gas stream in
Eagle Ford basin (reference: He and You45)

Component Mole fraction (%) Relative volatility

Natural gas (A) 78.46 27.11

Ethane (B) 13.19 3.713

Propane (C) 5.27 1.579

Butane (D) 2.24 1.218

Pentane (E) 0.84 1
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(1,221.4 mol/s). To compare the other 6,127 configurations in the

search space with this “benchmark,” we normalize the minimum total

exergy losses of these configurations along with their corresponding

total reboiler vapor duties, respectively, based on the values for the

basic direct-split configuration. These results are shown in Figure 6.

A number of interesting and important observations can be drawn

from this plot. We will present some of these observations by dis-

cussing a few selected configurations that are highlighted in Figure 6

and are explicitly drawn in Figures 5 and 7.

First, we observe that the conventional basic direct-split configu-

ration, which is represented by the red dot located at the lower right

corner in Figure 6, is ranked 30th of all 6,128 configurations in the

search space in terms of minimum total exergy loss (top 0.49%).

Despite requiring a relatively high total reboiler duty as it involves all

sharp split separations,4 this conventional scheme is among the most

thermodynamically efficient configurations. Meanwhile, another

sharp-split configuration drawn in Figure 5e, which requires only

about 0.4% more reboiler vapor duty than the conventional scheme,

has >357.8% more minimum total exergy loss, making it the second

worst configurations in the entire search space in terms of energy effi-

ciency! In fact, Figure 6 shows no clear trend between a configura-

tion's reboiler vapor duty and its thermodynamic efficiency. In

general, a configuration with low reboiler vapor duty does not always

correspond to a low total exergy loss. Likewise, a configuration that

requires a high vapor duty may turn out to be quite efficient. This

observation demonstrates the need for us to develop this GMAE algo-

rithm to identify the most thermodynamically efficient configuration

on top of the existing GMA algorithm 36 for minimizing total reboiler

vapor duty.

To understand why these two configurations have drastically dif-

ferent minimum total exergy losses, recall from Table 1 that the natu-

ral gas stream (component A) is significantly more volatile compared

to any other component in the system. Any condenser that produces

a submixture containing the natural gas stream (i.e., associated with

submixture ABCD, ABC, or AB) or produces the final natural gas prod-

uct is operated at cryogenic temperature level considerably below

ambient and thus requires an expensive cooling utility. Therefore, a

small increase of cooling duty in any of these condensers will result in

a significant increase in total exergy loss (utility cost) of the overall

configuration. To improve the thermodynamic efficiency of the NGLs'

recovery and fractionation process, it is critical to keep the condenser

duties associated with streams containing the component A small.

For the conventional configuration of Figure 5a, the natural gas

stream (A) is directly produced from column 1, whose condenser duty

is given by 5,630.9 kmol/hr. However, in the configuration of

Figure 5e, the sum of cooling duties at condensers ABCD

(1,508.3 kmol/hr) and A (7,906.2 kmol/hr) increases to

9,414.5 kmol/hr, which leads to a significant increase in total exergy

loss. It is worth noting that the condenser duty associated with the

final natural gas product A increases by 40.4% compared to that in
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F IGURE 5 (a) Conventional basic direct-split configuration; (b) the fully thermally coupled (FTC) configuration; (c) the configuration with the
lowest minimum total exergy loss among all configurations that require the same reboiler vapor duty as the FTC configuration; (d) the thermally
coupled configuration that lies on the upper right corner of the linear upper bound of minimum total exergy loss versus reboiler vapor duty

relationship; (e) a thermally coupled indirect split configuration which consumes almost the same reboiler vapor duty as (a) but has significantly
more minimum total exergy loss
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the conventional configuration mainly because of the presence of

thermal couplings at submixtures ABC and AB. Although introducing

thermal couplings at these two submixtures might benefit the first-

law heat duty, it really “hurts” the thermodynamic efficiency of the

configuration. In this case, the basic configuration version for

Figure 5e requires 7.3% more reboiler duty than the original thermally

coupled configuration but has 13.5% less minimum total exergy loss.

Thus, for applications in which the second-law temperature level pen-

alty is more influential to the operating cost of a distillation configura-

tion than the first-law heat duty benefit, thermal couplings of this sort

should be avoided.48

The same reasoning can be used to analyze other representative

configurations drawn in Figure 5 as well. For instance, the FTC config-

uration of Figure 5b is known to always have the lowest total reboiler

vapor duty among all configurations in the search space.49 Despite

requiring 62.0% less vapor duty, the FTC configuration has 86.8%

more minimum total exergy loss than the conventional configuration

of Figure 5a, because all the vapor duty is generated at the highest

temperature reboiler of E and condensed at the lowest temperature

condenser at A. Fortunately, as we can see from Figure 6, there exist

a total of 17 non-FTC configurations which have the same total vapor

duty requirement as the FTC configuration but lower exergy loss.

Among these 17 configurations, the one with the lowest minimum

total exergy loss is drawn in Figure 5c. This configuration has two

reboilers at DE and E as well as two condensers at ABC and A, thereby

allowing the heat duty to be generated and removed by heat

exchangers operated at milder temperature levels. These observations

demonstrate that, for most industrial applications, building the FTC

configuration is not a reasonable first choice.12,50

One interesting observation that one can make from Figure 6 is

that, for a given total reboiler vapor duty value, there seems to be an

upper bound on the minimum total exergy loss for a configuration.

More interestingly, this upper bound seems to be linear with respect

to the total reboiler vapor duty. We now discuss why such an upper

bound is reasonable. Among all configurations that have the same

reboiler vapor duty, the configuration with the highest minimum total

exergy loss always corresponds to a completely thermally coupled

(CTC) configuration in which all submixture heat exchangers are rep-

laced with thermal couplings. The FTC configuration is a special CTC

configuration. If submixture heat exchangers are eliminated, the heat

duty is entirely generated and rejected by reboilers and condensers

associated with final products, and such a change typically increases

exergy loss. Unsurprisingly, the configurations that lie on the upper

bound curve shown in Figure 6 are the CTC configurations with only

one condenser at A. Final pure component products of intermediate

relative volatilities (i.e., components B, C, and D) are either produced

by reboilers or withdrawn from the distillation system as side-draw

streams. It is easy to see why such CTC configurations have the low-

est thermodynamic efficiencies among all configurations that require

the same heat duty, as the only heat sink available in the entire config-

uration is at a temperature level significantly below the saturation
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F IGURE 6 A plot showing the normalized minimum total exergy
losses and the corresponding normalized total reboiler vapor duty
requirements for all 6,128 configurations. Each dot represents a
configuration. The red, green, orange, pink, and black dots in the plot
are chosen as representatives and are drawn in Figure 5a through e,
respectively. Potentially attractive configurations belonging to three
major configuration families are also boxed. The representative
configurations from each family are explicitly drawn in Figure 7 [Color

figure can be viewed at wileyonlinelibrary.com]
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Figure 6. The configurations of (a)–(c) are, respectively, ranked 1st, 3rd, and 20th among all 6,128 configurations in the search space in terms of
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temperature of the other streams. Because of the exergy loss expres-

sion of Equation (11), we expect the upper bound curve to be a linear

function of total vapor duty generated at all reboilers as is the case in

Figure 6.

As discussed, the FTC configuration is often located at the lower

left endpoint of the upper bound line. We now consider the other

endpoint, which corresponds to the configuration shown in

Figure 5d. As we can see, all but one of the splits in this configuration

are sharp splits, which suggests that this configuration has high vapor

duty requirement. Thus, this CTC configuration is expected to result

in a very high total exergy loss. We believe that this result applies to

other multicomponent distillation problems as well. This observation

can also be used as a heuristic to bound the objective function value

from above in the optimization formulation and thus tighten the feasi-

ble region and expedite convergence to the global optimal solution.

Note that one might expect the upper right endpoint of this upper

bound line to correspond to the CTC version of the indirect split con-

figuration of Figure 5e, as the configuration of Figure 5e has the

highest minimum total exergy loss among all 6,128 configurations.

However, this is not the case mainly because when a thermal coupling

is introduced at ABCD in the configuration of Figure 5e, the total

reboiler vapor duty reduces by 35.4% to 3,850.2 kmol/hr, thereby

reducing the exergy loss at the condenser associated with the lightest

component A. Just as for the submixture ABCD above, the GMAE

framework allows process designers to identify useful thermal cou-

plings that can reduce heat duty significantly while improving the

thermodynamic efficiency of a given configuration.

Finally, we examine the best performing configurations identified

by GMAE with respect to thermodynamic efficiency and categorize

them into three distinct groups of configurations, where a representa-

tive for each group is shown in Figure 6. Configurations that belong

to the same group carry out the same splits and are thus topologically

indifferent; the only difference lies in the placements of their thermal

couplings. The representative configuration drawn in Figure 7 was

chosen as the best configuration within each group in terms of total

exergy loss. When compared with the conventional basic direct-split

scheme, configurations shown in Figure 7a through c reduce exergy

loss by 13.4%, 11.6%, and 2.0% and require 43.7%, 26.1%, and 29.1%

less total reboiler vapor duty, respectively. The exergy loss reduction

for configuration of Figure 7a compared to the conventional scheme

is further confirmed by performing meticulous sensitivity analysis on

Aspen Plus using the RadFrac model and rigorous thermodynamic

package. In fact, the configuration of Figure 7a is also the best per-

forming configuration in terms of exergy loss among all 6,128 configu-

rations in the entire search space. As we can see, the first two

distillation columns in all three configurations of Figure 7 perform the

same splits: one non-sharp split, ABCDE ! AB/BCDE, as well as two

sharp splits, AB ! A/B and BCDE ! B/CDE. The vapor duty needed

for these three splits is either supplied by the saturated vapor feed

stream or is generated by the reboiler CDE. The latter is 866.4 kmol/hr

for each of the configurations in Figure 5. For the conventional con-

figuration of Figure 5a, the sum of vapor duties generated by the two

reboilers associated with BCDE and CDE is 2012.9 kmol/hr. By per-

forming an enthalpy balance around columns 1 and 2, we find that,

for the configurations in Figure 7, the sum of condenser duties for

these two columns is 16.3% less than the corresponding sum for the

conventional scheme. Thus, the best performing configurations

reduce the sum of exergy losses associated with the first two distilla-

tion columns.

The total reboiler duties of the best configurations, which are

highlighted with a box in Figure 6, span a wide range. This variation

offers design engineers options in choosing the appropriate configura-

tion to build or retrofit based on the actual mass and heat balances of

the plant. These options are useful because although some of these

configurations have much higher heat duties, they may be more

attractive when one considers the heat integration opportunities with

other process units. Also, configurations belonging to the group of

configurations represented in Figure 7b are especially amenable for

retrofitting, as two out of the four distillation columns in this group,

namely columns 3 and 4, match those in the conventional configura-

tion (see Figure 5a). Last but not least, as we show next, process

intensification strategies such as dividing wall columns (DWCs) can be

used to further reduce the size and capital cost of these configura-

tions while maintaining their thermodynamic efficiencies.50-52

Figure 8 shows one possible DWC implementation for each of the

representative configurations drawn in Figure 7.53 Note that three

possible versions of DWC associated with the main feed stream are

drawn in Figure 8. These DWC versions are completely thermody-

namically equivalent to their corresponding configurations in

Figure 7;53 however, the ones shown in Figure 8b and c are fully oper-

able in the sense that each zone separated by the vertical partition is

associated with one reboiler or condenser so that the desired L/V

ratio inside each zone can be achieved and precisely regulated.54 Of

course, more possible DWC versions that use 1 to 3 column shells can
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be systematically synthesized for each of the regular-column configu-

rations of Figure 7.53

4 | FURTHER IMPROVEMENT AND
RETROFIT OPTIONS

In this section, we explore ways to further improve the heat duty and

thermodynamic efficiency of an existing distillation system such as

the conventional scheme of Figure 5a without having to change the

topological structure of the configuration. In previous discussions, we

have introduced the concept of using modified heat exchangers at

submixture locations. We draw these modified designs for a sub-

mixture reboiler and a condenser in Figures 3b and d, respectively.

These modified designs help improve the thermodynamic efficiency

of a distillation configuration because they allow submixtures to have

two phases.23,31 In optimization parlance, the modified exchangers

relax the feasible region of the formulation with only conventional

heat exchangers. Thus, the thermodynamic efficiency of the best con-

figuration with these designs is at least as high as that of any conven-

tional configuration.

Our GMAE formulation is flexibly written so that users can easily

enlarge the search space to admit these modified designs by simply

relaxing the appropriate bounds on the liquid or vapor flow rate vari-

ables for the corresponding submixture streams. By enabling such

modified designs, we obtain the new ranklist of distillation configura-

tions in terms of their minimum total exergy losses. With this change,

the ranking associated with the conventional configuration scheme

moves up from 30th to 5th most thermodynamically efficient configu-

ration. Figure 9a shows the optimal reboiler configurations at BCDE,

CDE, and DE. This new reboiler arrangement reduces the minimum

total exergy loss of the conventional scheme by 13.2% to

5,015.9 MJ/hr compared to original arrangement of Figure 5a, making

it thermodynamically almost as efficient as the previously best per-

forming configuration of Figure 7a. It is fascinating to see that sub-

stantial thermodynamic efficiency improvement can be achieved by

simply modifying the submixture heat exchanger designs. Of course,

in reality, to implement this new retrofit option, apart from modifying

the related pipelines, valves, and fittings of the original configuration,

the reboiler associated with submixture BCDE needs to be replaced to

accommodate the large increase in its heat transfer area.

It turns out that, in the new ranklist obtained after implementing

modified submixture heat exchangers, the configuration with the low-

est minimum total exergy loss, which is drawn in Figure 9b, is also the

optimal configuration (see Figure 7a) in the original ranklist except

that it now uses modified designs for the heat exchangers. As

reboilers of CDE and DE now vaporize all the bottoms liquid to pro-

duce vapor-only submixture streams, the minimum total exergy loss

of this new design is 3.3% lower (4,834.6 MJ/hr) compared to that of

the conventional heat exchanger arrangement in Figure 7a

(4,999.8 MJ/hr).

It is also worth noting that the second best configuration in the

new ranklist has a total exergy loss of 4,873.0 MJ/hr and is the config-

uration shown in Figure 9c. In this configuration, the first two distilla-

tion columns perform the same direct splits as in the conventional

scheme of Figure 9a, whereas columns 3 and 4 resemble a

prefractionator arrangement 19 except that submixture CD is associ-

ated with a thermal coupling.55 As a result, columns 3 and 4 can be

consolidated into a single dividing wall column, and this alternate

arrangement can yield significant capital cost savings. In addition,

compared to the improved version of the conventional scheme shown

in Figure 9a, this new configuration of Figure 9c requires 17.3% less

reboiler vapor duty, again suggesting that this configuration may have

lower capital and operating costs. Moreover, when retrofitting the

conventional configuration to this new configuration, the first two

columns can be retained as they were, suggesting that this configura-

tion may be attractive as a retrofit option.

Extending of the idea of modifying the submixture heat

exchangers to produce two-phase feed streams, we can vaporize or

condense a portion of the main feed stream before it enters the distil-

lation system to further improve the thermodynamic efficiency of the

overall process. This also opens up more opportunities for heat inte-

gration with other process units and utilities in the plant. This can be
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F IGURE 9 (a) Optimal retrofit design of the conventional scheme of Figure 5a using modified heat exchangers at submixtures. Notice that

reboilers associated with submixtures BCDE, CDE, and DE now vaporizes all the bottoms liquid and produce vapor-only feed streams that enter
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done in the GMAE formulation by allowing the thermal quality qF in

the final objective function of Equation (11) to be a decision variable.

Last but not least, in the current GMAE formulation, all pure com-

ponent streams are produced as saturated liquid products. However,

depending on the actual problem, producing some or all of the final

pure component products as saturated vapor or even two-phase

streams may significantly improve the thermodynamic efficiency of a

configuration further. Similar to preheating or precooling the feed, this

new retrofit strategy can also be easily incorporated in the GMAE

framework. In future publications, we will discuss in detail how the

synergistic use of these strategies can help design more energy effi-

cient multicomponent distillation systems.

5 | CONCLUSION AND FUTURE WORK

The operating cost of a distillation configuration depends not only on

the first-law heat duty requirement but also on the temperature level

at which heat duty is generated and rejected. The latter aspect, which

is closely related to the thermodynamic efficiency of a distillation sys-

tem, is often quantified by exergy analysis. We develop, for the first

time, a GMAE that is based on the GMA framework by Nallasivam

et al.36 and minimizes the total exergy loss of any regular-column dis-

tillation configuration that can be used to distill any ideal or near-ideal

multicomponent mixture and is synthesized by the SA method.5 Using

certain simplifying, yet reasonable, assumptions, we show that the

final exergy loss expression does not require explicitly calculating the

temperature. Instead, the only pieces of information required in

exergy loss calculation are the readily available compositions of sub-

mixtures and the relative volatility of each component. The GMAE

formulation is particularly useful for analyzing the operating cost of

distillation systems where heat pumps are used and separations

mainly driven by work rather than heat. In this article, we considered

NGLs' recovery and fractionation process as an example to demon-

strate the efficiency and usefulness of the GMAE framework. Through

the discussion of this example, we derive several physical insights and

observations regarding heat duty, thermodynamic efficiency, and

exergy loss. In particular, a configuration with low heat duty does not

always have high thermodynamic efficiency (e.g., the FTC or CTC con-

figurations). However, a configuration that requires a high vapor duty

may turn out to be quite thermodynamically efficient. The exergy loss

is not distributed equally among the submixtures and final pure prod-

uct streams. As a result, a small change in the reboiler or condenser

duty associated with some of the critical streams can result in a signif-

icant change in the total exergy loss of the entire configuration. More-

over, replacing submixture heat exchangers with thermal couplings

can have a similar effect. In particular, introduction of thermal cou-

plings at certain submixture locations can reduce thermodynamic effi-

ciency without providing any first-law heat-duty benefit. However,

some thermal couplings can offer considerable heat duty savings with-

out exhibiting any penalty in thermodynamic efficiency.48 The GMAE

thus provides industrial practitioners a quick and reliable screening

tool to identify beneficial thermal coupling arrangements.

Once the screening phase using GMAE is complete and a handful

of best performing configurations are identified, industrial practi-

tioners can then perform detailed and rigorous process simulations on

this small subset of configurations, which can now be done in much

more manageable amount of time and effort. Finally, for the attrac-

tive, energy efficient distillation configuration identified by the GMAE

and verified by process simulation, various process intensification

strategies can be implemented, such as consolidating multiple distilla-

tion columns into a single-column shell in the form of dividing wall

column, to further enhance the operability of the configuration, while

also increasing its energy efficiency and reducing its size and capital

cost. For an existing configuration, a simple retrofit option is identified

which modifies heat exchangers at submixtures and improves thermo-

dynamic efficiency and operational flexibility of the configuration. It is

shown that this simple approach can significantly reduce the total

exergy loss of a configuration without substantially increasing its capi-

tal expenditure.

Finally, we point out that the GMAE framework can be extended

to consider more complex problems and other applications, including

multi-effect distillation, heat-integrated distillation, and so on. For

instance, although the total exergy loss characterizes the operating

cost and energy efficiency of a distillation system that is work-driven,

in practice, few multicomponent distillation systems are solely oper-

ated by either heat or work. Instead, for most multicomponent sys-

tems, especially those in which the boiling points of components

cover a wide range (e.g., hydrocarbon separations from steam crack-

ing), some distillation columns are operated by heat, whereas others

are operated by work. In this case, a new objective function that

models the true operating cost and/or energy efficiency of a distilla-

tion configuration is required. This new objective function must

account for both the heat duty as well as the work input to the distil-

lation column in a manner that accounts for the fact that, for the same

magnitude, work input is more expensive than heat input. To do this,

the current GMAE framework would have to be modified accordingly

so that it can identify which form of energy is more suitable for driv-

ing each submixture or final product heat exchanger to minimize the

combined heat and work input.
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